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ABSTRACT 

This work examined in detail the a priori prediction of the axial dispersion coefficient from 

available correlations versus obtaining it and also mass transfer information from experimental 

breakthrough data and the consequences that may arise when doing so based on using a 1-D 

axially dispersed plug flow model and its associated Danckwerts outlet boundary condition. 

These consequences mainly included determining the potential for erroneous extraction of the 

axial dispersion coefficient and/or the LDF mass transfer coefficient from experimental data, 

especially when non-plug flow conditions prevailed in the bed. Two adsorbent/adsorbate cases 

were considered, i.e., CO2 and H2O vapor in zeolite 5A, because they both experimentally 

exhibited significant non-plug flow behavior, and the H2O-zeolite 5A system exhibited unusual 

concentration front sharpening that destroyed the expected constant pattern behavior (CPB) 

when modeled with the 1-D axially dispersed plug flow model. Overall, this work showed that it 

was possible to extract accurate mass transfer and dispersion information from experimental 

breakthrough curves using a 1-D axial dispersed plug flow model when they were measured both 

inside and outside the bed. To ensure the extracted information was accurate, the inside the bed 

breakthrough curves and their derivatives from the model were plotted to confirm whether or not 

the adsorbate/adsorbent system was exhibiting CPB or any concentration front sharpening near 

the bed exit. Even when concentration front sharpening was occurring with the H2O-zeolite 5A 

system, it was still possible to use the experimental inside and outside the bed breakthrough 

curves to extract fundamental mass transfer and dispersion information from the 1-D axial 

dispersed plug flow model based on the systematic methodology developed in this work.       
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1. INTRODUCTION 

A major issue associated with achieving a fully predictive simulation of gas adsorption in 

fixed beds is finding values for the free (i.e., unknown) parameters in either the mass balance or 

energy balance partial differential equations. It is thus advantageous to reduce the number of free 

parameters by using verified correlations to determine the mass and heat transfer coefficients a 

priori. However, when parameters cannot be determined a priori, simplifications are utilized that 

lump multiple heat or mass transfer mechanisms together, with the corresponding coefficients 

(i.e., lumped free parameters) potentially losing their meaning.  These coefficients are 

necessarily determined empirically by fitting to experimental data. 

One such simplification is the one-dimensional (1-D) axially dispersed plug flow model 

that is frequently used to simulate fixed-bed adsorption processes1-5. The axial dispersion term in 

this model leads naturally to the ubiquitous use of the Danckwerts boundary condition at the 

outlet of the bed. This is a Neumann boundary condition that can be derived rigorously when 

pure axial molecular diffusion is accounted for with continuity of concentration and mass flux 

across the outlet boundary6. Two issues arise from the use of this simplified 1-D model that limit 

its utility. 

The first issue is associated with the a priori prediction of the axial dispersion coefficient 

from available correlations. Numerous correlations are available based on the particle Peclet 

number, velocity, and pellet diameter4,7-10. In principle, these correlations should work fine; but in 

practice they do not. The actual mechanisms that contribute to axial and radial mixing in fixed 

beds are necessarily lumped into the axial dispersion term. These mechanisms include 

turbulence, flow splitting and rejoining around particles, Taylor dispersion, channeling, and wall 

effects11-13.  Not only do none of these correlations account for all the different dispersion 



4 

 

mechanisms mentioned above, but also there is considerable variance in the values obtained from 

them. To make matters even worse, the 1-D axially dispersed plug flow model only accounts for 

dispersion mechanisms that fall within the framework of the plug flow condition.  

Nevertheless, axial dispersion in a fixed-bed adsorber cannot be ignored because it 

reduces the adsorption process efficiency. To capture its influence, the axial dispersion 

coefficient is typically considered an adjustable parameter in the 1-D model and fit to 

experimental breakthrough curves. Although this approach is sound in principle and widely 

adopted, if the experiments are not designed properly the information obtained from them may 

be erroneous. 

The second issue concerns the development of constant pattern behavior (CPB) inside the 

bed, wherein the concentration front (i.e., concentration bed profile) propagates through the bed 

without changing its shape. CPB has been widely established theoretically4,14 and confirmed 

experimentally for systems with favorable Type I isotherms12,15. However, an unusual situation 

may arise when modeling a fixed-bed adsorber with the 1-D axially dispersed plug flow model 

because of its inherent assumptions. For example, when used to analyze experimental data, 

solutions obtained for fixed-bed adsorption with axial diffusion described by the Fickian model 

may produce breakthrough curve sharpening for both shallow and deep beds6,16.  While this 

concentration front sharpening effect is appropriate for axial molecular diffusion under plug flow 

conditions, it fails to correctly capture the more complicated dispersive dynamics present in 

many adsorption systems.  In other words, if an experiment could be designed that was described 

perfectly well by the 1-D axial dispersed plug flow model with axial dispersion described by 

Fickian molecular diffusion, then experimentally concentration front sharpening would indeed be 

observed at the end of the bed and that it is a real phenomenon. The inherent problem lies in the 
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fact that it would be difficult, if not impossible, to design such an experiment in fixed-bed 

adsorption.  

This concentration front sharpening effect has been largely ignored in the literature, 

except for a few studies6,12. In many simulation studies, neither the internal concentration 

histories nor the bed concentration profiles are shown to verify CPB.  Quite possibly, the 

breakthrough curve from the model is blindly fitted to the experimental breakthrough curve to 

obtain mass transfer information, like the linear driving force (LDF) mass transfer coefficient, 

while perhaps limiting itself to dispersion coefficients predicted from known correlations17-21.  

The results obtained in such cases may be erroneous because they may have been obtained from 

experimental results dominated by non-plug conditions or from simulated breakthrough curves 

that deviated from the expected and real CPB physics due to concentration front sharpening 

occurring near the exit of the bed. 

 The objective of this work is to examine in detail the issues described above. These issues 

are the a priori prediction of the axial dispersion coefficient from available correlations versus 

obtaining it and also the LDF mass transfer coefficient from experimental breakthrough data and 

the consequences that may arise when doing so based on using the 1-D axially dispersed plug 

flow model and its associated Danckwerts outlet boundary condition. Two adsorbent/adsorbate 

cases are considered, i.e., CO2 and H2O vapor in zeolite 5A, which illuminate these issues. 

2. EXPERIMENTAL 

The fixed-bed adsorption breakthrough experiments analyzed and discussed in this work 

were extracted from the work of Knox22. The fixed-bed adsorption breakthrough apparatus used 

is shown in Figure 1; its properties are listed in Table 1. The center of a roughly 51 cm long by 

5.08 cm outer diameter tube was used to house a packed bed of adsorbent 25.4 cm in height. The 
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remainder of the column was packed with glass beads. Temperatures were measured at the 

packed bed section inlet, midpoint and exit. As in typical breakthrough test setups, concentration 

was measured downstream of the tube outlet. In addition, gas samples were taken at the 

centerline of the packed bed at the inlet, midpoint and exit. As shown in the figure, gas sample 

lines were located as close as possible to the centerline of the column and the thermocouple 

junction. In order to prevent disturbing the downstream flow, a gas chromatograph was used to 

measure internal concentrations, thus allowing for the sample flow volume to be a small fraction 

of the overall flow. The zeolite 5A adsorbent was obtained from Grace Davison (Grade 522) in 

bead form. The adsorbent properties23-24 are also listed in Table 1. The experimental procedure 

that describes how a typical breakthrough experimental was carried out is given in Knox22. 
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Figure 1. (a) Breakthrough test apparatus of Knox22 and (b) cross-sectional view 

of a typical temperature measurement and gas sampling location.  “T” indicates 

thermocouple probe location and “S” indicates sampling tube location.  Shading 

in (a) indicates location of sorbent packing. 

 
 
Table 1. Properties of the zeolite 5A adsorbent and fixed-bed adsorption breakthrough apparatus. 

                   5A Adsorbent                Fixed-Bed Apparatus 

Pellet radius (spherical) Rp = 1.16 mm  Bed height L = 0.254 m 

Particle density ρs = 1180 kg m-3 Void fraction ε = 0.35 

Skeletal density ρsk = 2040 kg m-3 Bed internal diameter Di = 47.6 mm 

Heat capacity cps = 920 J kg-1 K-1 Column wall thickness l = 1.59 mm 

Wall density ρw = 7833 kg m-3 Wall heat capacity cpw = 475 J kg-1 K-1 

  Wall conduction kw = 14.2 W m-1 K-1 

 

3. MATHEMATICAL MODEL 

3.1 Gas-phase mass balance 

The commonly employed 1-D axially dispersed plug flow model is shown in Eq. (1).  

∂c
∂t

+ 1− ε
ε

⎛
⎝⎜

⎞
⎠⎟
∂q
∂t

− DL
∂2c
∂x2 = − ∂υic

∂x
 
 
 (1) 

DL is the axial dispersion coefficient, x is the axial coordinate, υi is the interstitial velocity, t is 

the time, ε is the bulk void fraction,  is the average adsorbed-phase concentration of the 

adsorbate and c is the gas-phase concentration of the adsorbate defined according to ideal gas 

law, i.e., 

q
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c = p
RTf

  (2) 

where p is the partial pressure of the adsorbate, Tf  is the fluid (gas phase) temperature and R is 

the universal gas constant. 

Eq. (1) is derived from a differential mass balance based on the following assumptions: 

All mechanical dispersion effects are lumped together with molecular diffusion in the axial 

dispersion term. Plug flow is assumed, i.e., there is no gradient of velocity, concentration, 

temperature, or porosity in the radial direction. Velocity in the axial direction is not compensated 

for loss of adsorbate since the adsorbate gas-phase mole fraction is << 1. Velocity is temperature 

compensated per the ideal gas law. 

The boundary conditions are shown in Eq. (3). A constant flux boundary condition is 

used for the inlet concentration and the Danckwerts boundary condition is used for the outlet25.  

( )0
0

s
L

x

cD c c
x

υ
ε=

∂
− = −

∂
            and  0

x L

c
x =

∂
=

∂
 (3) 

co is the concentration and υs is the superficial velocity far upstream; L is the bed height. 

3.2 Adsorbed-phase mass balance 

The transport of the adsorbate from the gas phase to the adsorbed phase is described by a 

linear driving force (LDF) approximation26, as shown in Eq (4). 

∂q
∂t

= kn (q
* − q )   (4) 

kn is the LDF mass transfer coefficient and q* is the equilibrium adsorbed-phase concentration 

that corresponds to the adsorbate gas-phase partial pressure p at the sorbent temperature Ts  based 

on the equilibrium adsorption isotherm shown later. The LDF approximation is frequently used 

with the 1-D axially dispersed plug flow model in the analysis of adsorption processes. All the 

transfer resistances, including micropore and macropore resistances and surface diffusion, are 
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lumped into the LDF mass transfer coefficient. If the mass transfer resistance is assumed to be a 

single mass transfer mechanism that is dominant and constant throughout the adsorption process, 

then this approach is valid. Moreover, it is well known that the LDF approximation incurs little 

error for most commercial gas phase cycle adsorption processes when empirically derived5, 27. 

3.3 Energy balance 

For the adsorbent/adsorbate systems and concentrations studied, significant deviations 

from isothermal conditions were observed22, 28. Therefore, energy balance equations for the gas 

(fluid), adsorbent and column wall are included in the model. The gas-phase energy balance is 

provided in Eq. (5). This equation includes transient heat storage, gas conduction, gas convection 

and heat transfer from the adsorbent to the column wall via Newton’s law of cooling29,  

( ) ( )
2

2
f f f

f f pf f eff f f i pf f s s s f i i w f

T T T
a c a k a c a a h T T Ph T T

t x x
ε ρ ε ε ρ υ

∂ ∂ ∂
− = − + − + −

∂ ∂ ∂  
 (5) 

where af is the superficial free flow area, ρf is the gas-phase density, cpf is the gas-phase 

heat capacity, keff is the effective gas-phase conductivity, as is the pellet external surface area per 

unit volume, hs is the adsorbent to gas heat transfer coefficient, Ts is the adsorbent temperature, 

Pi is the inner perimeter of the column, hi is the heat transfer coefficient between the column wall 

and the gas-phase, and Tw is the column wall temperature. 

The boundary conditions for the gas-phase energy balance are shown in Eq. (6). A 

constant flux boundary condition is used for the gas inlet and a Danckwerts-type boundary 

condition is used for the outlet that specifies no thermal dispersion. 

( )0 0 0 0
0

f
eff f i pf f

x

T
k c T T

x
ρ υ

=

∂
− = −

∂
       and   0f

x L

T
x

=

∂
=

∂
 (6) 

T0, ρf0, and cpf0 are the temperature, density, and heat capacity far upstream. 
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 The adsorbent energy balance is provided in Eq. (7). This equation includes transient 

energy storage, heat conduction, and heat transfer from the gas phase via Newton’s law of 

cooling and the heat of adsorption. 

(1− ε )ρscps
∂Ts
∂t

= af ashs Tf −Ts( )− (1− ε )afλ ∂q
∂t  

 (7) 

ρs is the adsorbent density, cps is the adsorbent heat capacity, and λ is the isosteric heat of 

adsorption. 

The column wall energy balance is similar and provided in Eq. (8). This equation 

includes transient energy storage, heat conduction and heat transfer from the internal gas phase 

to the ambient environment via Newton’s law of cooling. 

( ) ( )
2

2
w w

w w pw w w i i f w o o a w
T Ta c a k p h T T Ph T T
t x

ρ
∂ ∂

− = − + −
∂ ∂

  
(8)

 

aw is the cross-sectional area of the column, ρw is the column wall density, cpw is the column wall 

heat capacity, kw is the column wall conductivity, Po is the column wall outer perimeter, Ta is the 

ambient temperature and ho is the column wall to ambient heat transfer coefficient. 

3.4 Equilibrium adsorption isotherms 

The Toth equilibrium adoption isotherm is used to calculate the equilibrium adsorbed-

phase loading corresponding to the adsorbate gas-phase partial pressure. The single gas Toth 

isotherm is shown in Eq. (9). 

n = ap
1+ (bp)t⎡⎣ ⎤⎦

1/t ;      b = b0 exp(E /T );      a = a0 exp(E /T );       t = t0 + c /T
 
 (9)

 

n is the loading of the adsorbate in the adsorbed phase, a is the saturation capacity, b is an 

equilibrium constant and t is the heterogeneity parameter. Parameters a, b and t are temperature 

dependent as shown, whereas a0, b0 and t0 are system dependent adsorption isotherm parameters. 

A comparison of the Toth equation and the experimental data are shown in Figure 2; the 
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corresponding adsorption isotherm parameters were obtained from Wang and LeVan30 and given 

in Table 2. 
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Figure 2. Equilibrium adsorption isotherms for CO2 (top) and H2O vapor 

(bottom) on zeolite 5A30. 
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Table 2. Toth equation equilibrium adsorption isotherm parameters for CO2 and H2O vapor on 

zeolite 5A30. 

 a0 b0 E t0 c 

system mol · kg-1 · kPa-1 kPa-1 K  K 

CO2/5A 9.875x10-7 6.761x10-8 5.625x103 2.700x10-1 –2.002x101 

H2O/5A 1.106x10-8 4.714x10-10 9.955x103 3.548x10-1 –5.114x101 

 

3.5 Axial dispersion coefficient 

Five different correlations that describe axial dispersion in packed beds based on the 

pellet Peclet (Pe) number as a function of the product of the Reynolds (Re) and Schmidt (Sc) 

numbers are shown in Eq. (10a) per Wakao and Funuzkri7, Eq. (10b) per Edwards and 

Richardson8, Eq. (10c) per Wicke9, Eq. (10d) per Ruthven4 and Eq. (10e) per Wen and Fan 

197510. 

1
Pe

= 20
ε

D
2υRp

⎛

⎝⎜
⎞

⎠⎟
+ 1
2
= 20
ReSc

+ 1
2

 
 (10a) 

1
Pe

= 0.73ε
ReSc

+ 1

2 1+ 13⋅0.73ε
ReSc

⎛
⎝⎜

⎞
⎠⎟

  0.0377 < 2Rp < 0.607 cm

 

 (10b) 

1
Pe

= 0.45 + 0.55ε
ReSc

+ 0.5
 
 (10c) 

1
Pe

= 0.7ε
ReSc

+ 0.5
 
 (10d) 

1
Pe

= 0.3ε
ReSc

+ 0.5

1+ 3.8
ReSc

⎛
⎝⎜

⎞
⎠⎟

  0.008 < Re < 400   0.28 < Sc < 2.2

 

 (10e) 

The definitions of the Re, Sc and Pe numbers are provided in Eq. (11).  
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Re =
2ρ fευiRp

µ
        Sc = µ

ρ f D
         DL =

2υiRp

Pe  
 (11) 

Rp is the pellet radius, D is the fluid diffusion coefficient determined with the Fuller method 

described by Poling31 and μ is the fluid viscosity determined with the Lucas corresponding states 

method also described by Poling31. As mentioned above, the large variation in the ranges of 

values and the trends provided by these five different correlations is well known. 

3.6 Gas-phase properties: heat transfer 

The gas-phase heat capacity ( ) is calculated based on parameters obtained from Reid32. 

The polynomial equation used is shown in Eq. (12). 

cp = ao + a1Tf + a2Tf
2 + a3Tf

3

  (12) 

a0 through a3 are the four parameters fitted to experimental heat capacity values. The mixture gas 

heat capacity was obtained via a weighted average on a molar basis. 

3.7 Correlations for heat transfer coefficients 

The heat transfer coefficient hs from the gas phase to the pellet is calculated using a film 

diffusion relationship developed for mass transfer by Wakao and Funazkri7 and a similarity 

expression given by Ruthven4. These relationships are given in Eqs. (13) and (14), respectively. 

Eqs. (13) and (14) have been verified experimentally for fluid-to-particle heat transfer4,7. 

Sh = 2 +1.1Sc
1
3Re0.6   (13) 

hs =
ShD
2Rp  

 (14) 

Sh is the Sherwood number defined in Eq. (14). 

The heat transfer coefficient hi from the gas phase to the interior wall of the column is 

calculated based on the correlation of Li and Finlayson (1977) for 1-D models, as shown in Eq. 

(15). 

cp
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hi =
k f

2Ri
Nu     with    Nu = 2.03Re0.8 exp −6

Rp

Ri

⎛
⎝⎜

⎞
⎠⎟

  (15) 

Nu is the Nusselt number. 

3.8 Effective thermal conductivity 

The Krupickzka equation, given by Eq. (16), is used to calculate the effective thermal 

conductivity (ke) of a quiescent bed of spherical particles33,34. 

ke = k f
ks
k f

⎛

⎝⎜
⎞

⎠⎟

n

  with    n = 0.280 − 0.757 log10 ε − 0.057 log10
ks
k f

⎛

⎝⎜
⎞

⎠⎟  
 (16) 

The effective axial thermal conductivity for a fixed bed of spherical particles with flow is 

calculated from the correlation of Yagi35, as shown in Eq. (17); it was verified against test data 

by Kaviany34. 

keff = k f
ke
k f

+ 0.75PrRe
⎛

⎝⎜
⎞

⎠⎟
    where    Pr =

cpµ
ρ f k f  

 (17) 

Pr is the Prandtl number. The gas-phase conductivity (kf) is calculated based on the analogy 

between mass and heat transfer and the fluid diffusivity, as shown in Eq. (18). 

k f = Dcp   (18) 

 
4. Results and discussion 

 The 1-D axial dispersed plug flow model equations described in Section 3 were solved 

using the COMSOL Multiphysics® software package (Version 5.1). The initial conditions for the 

gas and adsorbed phases in the bed were each set to values three orders of magnitude lower than 

their corresponding inlet equilibrium states. This means the bed was not clean at time equal to 

zero. It also means the bed was not in an equilibrium state at time equal to zero. The effect of this 
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initial state of the bed was inconsequential because the concentrations in both phases were very 

small.  

 Two of the three free (unknown) parameters, which included one of the heat transfer 

coefficients (ho) and the axial dispersion coefficient (DL), were determined either a priori using 

the correlations described in Section 3 or by fitting the model to the experimental data. The LDF 

mass transfer coefficient (kn) was determined by fitting the model to the experimental data. In all 

cases, when determining a free parameter by fitting the model to experimental data, the sum of 

squared residuals (SSR) was minimized.  When comparing simulated breakthrough curves to 

experimental data, the SSR was minimized between 25 and 75 percent of the inlet concentration 

to focus the fit on the mid-height slope of the breakthrough curve. 

The heat transfer properties of the experimental apparatus were determined first. Then, 

the mass transfer properties of each adsorbent/adsorbate system were determined in terms of 

finding kn for each adsorbent/adsorbate system by fitting the model to experimental data with DL 

determined a priori from the correlations in Section 3. Finally, it was necessary to reevaluate the 

DL for each system by fitting the model to experimental data while using the value of kn just 

found for each adsorbent/adsorbate system. The features of each adsorbent/adsorbate system are 

discussed in detail throughout this systematic analysis that was developed to determine their heat 

and mass transfer properties. 

4.1 Thermal characterization tests and verification of heat transfer parameters 

To determine and verify the heat transfer parameters, the model was compared to a 

thermal characterization experimental test that was performed by introducing heated nitrogen to 

the inlet of the column. The adsorbent was regenerated prior to the test, as described elsewhere22. 

The test conditions are shown in Table 3. 
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Table 3. Test conditions for thermal characterization, breakthrough tests with CO2 on zeolite 5A, 

and breakthrough tests with H2O vapor on zeolite 5A. 

Parameter Thermal 
Characterization CO2/5A H2O/5A 

Flow rate, liters min-1 at STP 28.0 28.3 28.3 

Initial temperature, K 297 299                                                                                                                                                                                        297 

Initial inlet temperature, K 297 298 297 

Inlet pressure, kPa 107 106 107 

Inlet partial pressure, kPa n/a 0.819 0.805 

 

Figure 3 shows a comparison of the thermal characterization test data and the 

corresponding model results. Measurement uncertainty for a 95% confidence interval was 

determined to be ±0.4 K for temperature readings36.  The inlet temperature provided the 

boundary condition for the simulation. The only adjustable parameter was the heat transfer 

coefficient (ho) from the column wall to the surroundings; all the other parameters were obtained 

from the heat transfer correlations given in Section 3. A value of ho = 1.685 Wm-1K-1 provided 

the best fit to the thermal characterization test data, with the resulting simulated temperatures 

closely matching the experimental temperatures measured at the inlet (2.5%), middle (50%) and 

exit (97.5%) of the bed. On the basis of these favorable results, the heat transfer correlations and 

ho = 1.685 Wm-1K-1 were used for all the breakthrough tests discussed below. 
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Figure 3. Comparison of thermal characterization test data (symbols) and 

simulation (lines) at three locations in the bed (% from feed end). 

4.2 Experimental breakthrough tests for CO2 and H2O vapor on zeolite 5A 

The experimental breakthrough test conditions for CO2 and H2O vapor on zeolite 5A are 

provided in Table 3. In preparation for these tests, the adsorbent was purged with helium gas 

heated to 590 K to ensure starting with a fully regenerated bed. Nitrogen was used as the carrier 

gas for these breakthrough tests. The breakthrough test results for both CO2 and H2O vapor are 

shown in Figure 4 in terms of the resulting experimental gas-phase concentration and 

temperature profile histories. The centerline gas-phase concentration profile histories were 

measured just inside the bed (2.5% into the bed), in the middle of the bed (50% into the bed) and 

just inside the exit of the bed (97.5% into the bed). The typical gas-phase concentration 

breakthrough curve was also measured just outside the bed.   Measurement uncertainty for a 95% 
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confidence interval was determined to be ±0.4 K for temperature readings, ±1.3% of reading for 

water vapor concentrations, and ±1.2% of reading for carbon dioxide concentrations. Uncertainty 

in time was determined to be ±1.3% of reported time36. 

 

 

 
Figure 4. Left panels: Experimental gas-phase concentration profile history 

breakthrough curves for CO2 (top) and H2O vapor (bottom) on zeolite 5A at 3 

centerline locations in the bed (circles: 2.5%, squares: 50%, and diamonds: 

97.5%), and just outside the bed (triangles). Right panels: Corresponding 

experimental temperature profile histories for CO2 (top) and H2O vapor (bottom) 
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on zeolite 5A at 3 centerline locations in the bed (circles: 2%, squares: 50%, and 

diamonds: 98%).  Error bars show experimental uncertainty. 

The early peaks in the experimental temperature profile histories observed for CO2 

(Figure 4 top) at the 97.5% location were due to the initial adsorption of N2. Recall the bed was 

filled with He at the start of a run. This feature was not observed with the H2O vapor-zeolite 5A 

system (Figure 4 bottom) simply due to the much longer time scale of that run. 

The discrepancies between the gas-phase concentration profile histories for both 

adsorbates at the 97.5% location, which are not generally available in breakthrough studies in the 

literature, and those just outside the bed provided insight to the nature of the actual, non-plug 

flow conditions existing in the bed. The earlier breakthroughs observed with the outside the bed 

profiles indicated that channeling was probably occurring along the inner wall of the column. 

This non-plug flow behavior was most readily observed for H2O vapor. 

Channeling is generally known to occur due to a higher near-wall gas flow rate that is 

associated with a lower packing density (i.e., higher void fraction) close to the wall. This was a 

surprising result, especially when considering that the ratio of the bed to pellet diameter for this 

packed bed was around 20. A value of 20 is generally considered to be large enough to obviate 

the wall effects due to the near-wall lower packing density37. 

The analyses in Figure 5 and Table 4 show that the origin of this non-plug flow condition 

was independent of the adsorbates involved. This was expected, but only if the dispersion for 

each system was the same and derived from a mechanical phenomenon like that associated with 

near-wall channeling. To prove this supposition, the same experimental gas-phase concentration 

profiles histories are shown in Figure 5 for the 50%, 97.5% and just outside the bed locations for 

both CO2 and H2O vapor, but now plotted against a dimensionless time (t/tBT) defined relative to 
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the respective breakthrough time for each adsorbate for the breakthrough curve measured just 

outside the bed, i.e., tBT.  Table 4 shows the dimensionless breakthrough times for both species at 

the 50% and 97.5% locations relative to tBT, where 𝑡 was evaluated based on the formulation for 

dilute systems, i.e.,   

𝑡 = 1− !
!!

𝑑𝑡!
!    (19) 

 
Figure 5. Experimental gas-phase concentration profile history breakthrough 

curves for CO2 (dotted lines) and H2O vapor (solid lines) on zeolite 5A at 2 

centerline locations in the bed (squares: 50%, and diamonds: 97.5%), and just 

outside the bed (triangles) plotted against dimensionless time defined relative to 

the respective breakthrough time for each adsorbate for the breakthrough curve 

measured just outside the bed, i.e., tBT. 
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Table 4. Center of mass gas-phase concentration profile history breakthrough curve time ratios 

for CO2 and H2O vapor on zeolite 5A at 2 centerline locations in the bed (from Figure 5). 

 
CO2 on zeolite 5A H2O vapor on zeolite 5A % Difference 

97.5% to Outside    1.144 97.5% to Outside   1.140 0.34% 

50% to Outside   0.5422 50% to Outside   0.5396 0.48% 

 

The relative temporal locations of the breakthrough curve times at the 50% and 97.5% 

locations were nearly identical for both CO2 and H2O vapor, as expected for a mechanical 

dispersion phenomenon that should be independent of the adsorbate. It is also worth pointing out 

the self-consistency of the experimental outside the bed breakthrough curves for the CO2 and 

H2O vapor systems. When plotted as shown in Figure 5, the two curves should cross at t/tBT = 1. 

A vertical line was drawn at t/tBT = 1 in Figure 5 to emphasize this point. Clearly, only a slight 

vertical difference existed between the two curves at the crossing point. 

4.3 Empirical determination of the LDF mass transfer coefficient kn 

The determination of a mass transfer parameter, like kn, is commonly accomplished by 

fitting the 1-D axial dispersed plug flow model to an experimental breakthrough curve measured 

at a location outside the bed, just like those shown in Figure 4. From the analysis provided so far 

it should be clear that even for a proper bed to pellet diameter ratio of 20, a breakthrough curve 

obtained just outside the bed may not be providing fundamental mass transfer information, 

because it may be strongly subjected to non-plug flow effects that are most likely due to near-

wall channeling. It is shown below that this dilemma can be resolved by using the experimental 
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centerline gas-phase concentration profile histories to determine kn, as the non-plug flow, near-

wall channeling effects should not exist along the centerline of the column.  

First, the dispersion coefficients were predicted for each adsorbate/adsorbent system from 

the five correlations given in Eq. (10). The results are summarized in Table 5. The dispersion 

coefficients predicted from the Edwards and Richardson correlation (Eq. 10b) were within 2% of 

the smallest values obtained from the Wen and Fan correlation (Eq. 10e), and those from the 

Wakao and Funzakri correlation were (Eq. 10a) the largest values. The dispersion coefficients 

predicted from the other two correlations fell in between. Between the largest and smallest 

values, there was a factor of two for CO2 on zeolite 5A and a factor of nearly three for H2O vapor 

on zeolite 5A. Based on these findings, both the Edwards and Richardson (Eq. 10b) and Wakao 

and Funzakri (Eq. 10a) correlations (which encompass the extremes) were used in the 

determination of kn to see if there was any effect of the magnitude of the predicted dispersion 

coefficient. 
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Table 5.  Axial dispersion coefficients predicted from the five correlations given in Eq. (10), and 

the resulting LDF kn values obtained from fitting the 1-D axial dispersed plug flow model to the 

97.5% location experimental centerline gas-phase concentration breakthrough curves for CO2 

and H2O vapor on zeolite 5A using only the top two dispersion coefficient correlations listed. 

CO2 on zeolite 5A H2O on zeolite 5A 

kn, s-1 DL correlation DL, m2 s-1 kn, s-1 DL correlation DL, m2 s-1 

2.2x10-3 Edwards and 
Richardson 

8.99x10-4 8.8x10-4 s-1 Edwards and 
Richardson 

8.62x10-4 

2.3x10-3 Wakao and 
Funuzkri 

1.89x10-3 9.8x10-4 s-1 Wakao and 
Funuzkri 

2.40x10-3  

- Wicke 9.91x10-4 - Wicke 9.91x10-4 

- Ruthven 9.72x10-4 - Ruthven 9.63x10-4 

- Wen and Fan 8.93x10-4 - Wen and Fan 8.47x10-4 

 
Figure 6 shows fits of the model to the 97.5% location experimental gas-phase 

concentration breakthrough curves for both adsorbate/adsorbent systems using axial dispersion 

coefficients predicted from the Edwards and Richardson (Eq. 10a) and Wakao and Funzakri (Eq. 

10b) correlations. The corresponding LDF kn values, the only adjustable parameter, are listed in 

Table 5. In all cases, the saturation terms of the isotherms for both CO2 and H2O were adjusted to 

make the model agree with the location of the experimental results along the x-axis. These 

capacity adjustments were inconsequential to the resulting kn values and were done to show how 

well the model fitted the data. Figure 6 also shows predictions from the model at the 2.5% and 

50% experimental locations for both systems using the resulting kn values. 
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Figure 6.  Fits of the 1-D axial dispersed plug flow model to the 97.5% location 

(diamonds) experimental centerline gas-phase concentration breakthrough curves 

for CO2 (left) and H2O vapor (right) on zeolite 5A, and corresponding predictions 

from the model of the 2.5% (circles) and 50% (squares) locations. Diamonds: 

experimental data; dashed lines: simulations with the Edwards and Richardson 

correlation for axial dispersion (Eq. 10a) and corresponding kn values (Table 5); 

dotted lines: simulations with the Wakao and Funazkri correlation for axial 

dispersion (Eq. 10b) and corresponding kn values (Table 5). The saturation term in 

the CO2-zeolite 5A isotherm was increased by 15%.  The saturation term in the 

H2O vapor-zeolite 5A isotherm was decreased by 3%. The void fraction was 

reduced to 0.33 based on the Cheng distribution (Cheng et al., 1991) with C = 1.4 

and N = 5, as recommended by Nield and Bejan (1992). 

The fitted and predicted modeling results in Figure 6 show good agreement with the 

experimental data. The modeling results in Figure 6 also show essentially no effect of using 

extreme values of the predicted dispersion coefficients on the resulting values of kn, as the results 
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in Table 5 show that similar values of kn were obtained for CO2 (0.0022 vs. 0.0023 s-1) and H2O 

vapor (0.00088 vs. 0.00098 s-1) regardless of the dispersion coefficient correlation. These results 

further show that particle-scale dispersion stemming from bed packing (i.e., turbulence and flow 

splitting), which are the only types of dispersions accounted for with these correlations, had a 

negligible influence on the breakthrough results, corroborating what has been known for some 

time5,37. Consequently, these results show that it was indeed possible to extract fundamental 

adsorbate/adsorbent mass transfer information from these well-designed breakthrough 

experiments using the 1-D axial dispersed plug flow model with DL predicted from a common 

correlation. This was the case because the experimental center line gas-phase concentration 

breakthrough curves, as alluded to earlier, experienced conditions very far removed from any 

near-wall channel effects, thereby allowing them to be described well by such a 1-D model. It 

was surmised that the consistent displacement between model and experiment at the 50% 

location for both CO2 and H2O vapor perhaps indicated a misplacement of the gas sampling 

lines. 

Figure 7 compares the experimental gas-phase concentration breakthrough curves at the 

three inside centerline bed locations with those from the model for both CO2 and H2O vapor but 

now without any adjustments to the saturation terms of the isotherms and using the largest 

dispersion coefficients predicted from the Wakao and Funazkri correlation (Eq. 10a). The 

agreement was still quite good, especially in terms of shape, but not so much in terms of 

capacity, as expected without any adjustments. Notice that the shape and location of the 

experimental breakthrough curve obtained just outside the bed for CO2 was only slightly more 

dispersed than the one at the 97.5% location, so the model also coincidently predicted it well; 
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this was not the case for H2O vapor. These interesting observations are addressed in more detail 

below after the temperature profile histories are discussed. 

 

 

 

Figure 7.  CO2 on zeolite 5A (top panels): Predictions from the model (lines) 

shown in Figure 6 of the 2.5% (circles), 50% (squares) and 97.5% location 

(diamonds) experimental center line gas-phase concentration breakthrough 

curves, but now using the reported saturation term for the CO2-zeolite 5A 
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isotherm (no adjustment), a void fraction of 0.33, the Wakao and Funazkri 

correlation (Eq. 10a) for axial dispersion and LDF kn = 0.0023 s-1. The 

experimental outside the bed (triangles) breakthrough curve is shown for 

comparison. Predictions from the model (lines) of the 2.5% location (circles), 

50% location (squares) and 97.5% location (diamonds) experimental center line 

temperature profile histories. H2O on zeolite 5A (middle panels): Predictions from 

the model (lines) shown in Figure 6 of the 2.5% location (circles), 50% location 

(squares) and 97.5% location (diamonds) experimental center line gas-phase 

concentration breakthrough curves, but now using the reported saturation term for 

the H2O-zeolite 5A isotherm (no adjustment), a void fraction of 0.33, the Wakao 

and Funazkri correlation (Eq. 10b) for axial dispersion and LDF kn = 0.0008 s-1. 

The experimental outside the bed (triangles) breakthrough curve is shown for 

comparison. Predictions from the model (lines) of the 2.5% location (circles), 

50% location (squares) and 97.5% location (diamonds) experimental center line 

temperature profile histories. H2O on zeolite 5A (bottom panels): same as middle, 

but now with LDF kn adjusted to kn = 0.0002 s-1 to match the slope of the 

experimental outside the bed (triangles) breakthrough curve. 

Figure 7 also compares the experimental centerline temperature profile histories at the 

three locations in the bed with those predicted from the model. In terms of shape, the model and 

experiment agreed quite well, especially for CO2 and despite the fact that for H2O vapor the 

model did not match the location of the experimental breakthrough curve just outside the bed as 

it did for CO2. Notice how below 307 K in the cooling branch of the temperature profile histories 

for H2O vapor both the model and experiment tracked parallel to each other, as they should in 
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this mass transfer dominated region of the temperature profile histories. This result indicated that 

the correct mass transfer information was extracted from the model by fitting it to the 

experimental center line gas-phase concentration breakthrough curves. To exemplify this point, 

the LDF kn was purposely adjusted to match the slope of the concentration breakthrough curve 

just outside the bed (this is what is typically done in the literature to obtain kn), which required 

decreasing it by a factor of four compared to the supposedly correct value. This result is shown 

in the bottom two panels of Figure 7. Notice how the model and experiment now deviated 

significantly from each other in the mass transfer limited region of the temperature profile 

histories. The point being made here is that the experimental centerline temperatures in the bed 

and the experimental concentration breakthrough curve measured just outside the bed did not 

reflect the same phenomena, the former being dominated by adsorbate/adsorbent mass transfer 

and the latter being dominated by mechanical dispersion. As for the differences observed 

between the model and experiment above 307 K in the temperature profile histories for H2O 

vapor, it was surmised that this was most likely due to the same non-plug flow near-wall 

channeling phenomena that most certainly could not be predicted by the 1-D axial dispersed 

plug-flow model. 

  As an aside, the observed differences between the model and experiment measured just 

outside the bed (black triangles), which represent the capacity of the bed, for the case of H2O 

vapor was likely due to differences in water vapor capacity between the zeolite 5A used in the 

experiment and that used by Wang and LeVan30. In other words, this capacity difference could 

have stemmed from the definite use of different adsorbent lot numbers. Since, in the case of CO2, 

the agreement between the model and experiment was always quite good, it was surmised that 
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the water vapor capacity compared to the CO2 capacity was much more sensitive to any 

variations between adsorbent lots. 

 

4.4 Non-plug flow axial dispersion coefficient determination on zeolite 5A 

As shown above, the DL values predicted from two correlations representing the extreme 

high and low values did not have a significant influence on the simulation results and thus the 

resulting kn values. It was also shown above that the breakthrough curves obtained just outside 

the bed were subjected to a non-plug flow, mechanical dispersion mechanism. This mechanical 

dispersion mechanism was most likely due to near-wall channeling associated with higher 

velocities that naturally occur due to higher porosities near the wall. 

 Figure 8 compares the model to experiment for CO2 on zeolite 5A using the fitted kn = 

0.0023 s-1 and a value of the dispersion coefficient that was 7 times larger than that predicted 

from the Wakao and Funazkri correlation (Eq. 10a). It displays the modeling and experimental 

gas-phase concentration breakthrough curves at several locations in the bed and just outside the 

bed, the corresponding derivatives or slopes of the concentration breakthrough curves from the 

model, and the modeling and experimental centerline temperature profile histories within the 

bed. Notice how the model now captured very well the contour of the experimental breakthrough 

curve just outside the bed. To do this, it took a value of DL that was 7 times larger than the 

largest value predicted from any of the correlations. This substantiated the fact that the dominant 

dispersion mechanism in the experimental data was not the same as any of those accounted for in 

any of the correlations. It was also interesting that the slopes of the concentration breakthrough 

curves did not show any sign of concentration front sharpening at the end of the bed and they 
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indicated that CPB was just approached near the end of the bed. This was not the case for the 

H2O vapor system, as shown later. 

 

Figure 8. CO2 on zeolite 5A: Fit of the 1-D axial dispersed plug flow model to the 

outside bed (triangles) experimental breakthrough curve using a value of DL 7 

times greater than that from the Wakao and Funazkri correlation and the fitted 

LDF kn = 0.0023 s-1 (left panel). The reported saturation term for the CO2-zeolite 

5A isotherm was used, along with the reported void fraction of 0.35. Predictions 

from the model (lines) of the gas-phase concentration breakthrough curves at 0, 4, 

8, 12, …, 92, 96 and 100% locations in the bed are also shown in the left panel, 

along with the 2.5% (circles), 50% (squares) and 97.5% location (diamonds) 

experimental center line gas-phase concentration breakthrough curves (left panel). 

The corresponding derivative (or slope) of the predicted gas-phase concentration 

breakthrough curves in the bed are shown in the middle panel. Predictions from 

the model (lines) of the 2.5% (circles), 50% (squares) and 97.5% location 

(diamonds) experimental center line temperature profile histories are shown in the 

right panel.  
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Cond = 0.65124[W/(m*K)]; Sorbate Q Cap = 0.84425[kJ/(kg*K)]; Sorb-Gas H = 103.9207[W/(m^2*K)]; Gas-Can H = 12.513[W/(m^2*K)]; Ads Axial Disp = 0.0135[m^2/s]; Ads Total Press = 106.639[kPa]; Ads Gas
Dens = 1.2118[kg/m^3]; Ads Superfic Vel = 0.2739[m/s]; Equiv Pellet Dia = 2.3[mm]; Area to Vol ratio = 188.4058[1/m]; Toth a0 = 9.875e-07[mol/kg/kPa]; Toth b0 = 6.761e-08[1/kPa]; Toth E = 5625[K]; Toth to =
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Figure 9 compares the model to experiment for H2O vapor on zeolite 5A using the fitted 

kn = 0.00098 s-1 and values of the dispersion coefficients that were 7, 30, 50 and 70 times larger 

than that predicted from the Wakao and Funazkri correlation (Eq. 10a). These results show that it 

took a dispersion coefficient value ~ 50 times larger than the value predicted by the Wakao and 

Funazkri correlation to reasonably fit the slope and shape of the experimental concentration 

breakthrough curve just outside the bed. However, as the axial dispersion coefficient increased, 

the shape of the temperature profile histories increasingly deviated from the experimental results. 

These results again clearly show that the experimental temperature profile histories and the 

experimental concentration breakthrough curve obtained just outside the bed did not reflect the 

same dominating mechanism: as mentioned above, the experimental temperatures reflected the 

mass transfer process taking place, while the experimental concentration breakthrough curve 

measured outside the bed reflected mechanical dispersion caused by non-plug flow conditions 

due to near-wall channeling effects. 

 
Figure 9. H2O vapor on zeolite 5A: Predictions from the 1-D axial dispersed plug 

flow model of the outside the bed (triangles) experimental breakthrough curve 

when varying the value of DL. DL = 10 (dotted lines), 30 (dashed lines), 50 (solid 
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= 0.66965[W/(m*K)]; Sorbate Q Cap = 1.8976[kJ/(kg*K)]; Sorb-Gas H = 144.3335[W/(m^2*K)]; Gas-Can H = 19.9474[W/(m^2*K)]; Ads Axial Disp = 0.00080623[m^2/s]; Ads Total Press = 108.045[kPa]; Ads Gas
Dens = 1.2286[kg/m^3]; Ads Superfic Vel = 0.26824[m/s]; Equiv Pellet Dia = 2.32[mm]; Area to Vol ratio = 186.7816[1/m]; Toth a0 = 1.106e-08[mol/kg/kPa]; Toth b0 = 4.714e-10[1/kPa]; Toth E = 9955[K]; Toth to =
0.3548; Toth c = -51.14[K];
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lines) and 70 (dash-dot lines) times greater than Wakao and Funazkri correlation 

with the LDF kn = 0.00083 s-1 (left panel). The reported saturation term for the 

H2O-zeolite 5A isotherm was used, along with the reported void fraction of 0.35. 

The corresponding predictions from the model (lines) of the 2.5% (circles), 50% 

(squares) and 97.5% location (diamonds) experimental center line temperature 

profile histories are shown in the right panel. 

Furthermore, the fact that H2O vapor required such a large value of the dispersion 

coefficient (~ 50 times the value from the Wakao and Funazkri correlation) to capture the shape 

of the experimental concentration breakthrough curve measured just outside the bed was 

inconsistent with the value required by the CO2 system, which was only 7 times the value from 

the Wakao and Funazkri correlation. If the dispersion mechanism explaining these deviations 

was indeed the same for both adsorbate/adsorbent systems, then the respective deviations from 

the Wakao and Funazkri correlation should have also been about the same. The explanation to 

this apparent conflict was associated with the breakdown of the 1-D axially dispersed plug flow 

model, wherein its inherent limitations prevented it from accounting for dispersion phenomena 

beyond that associated with molecular diffusion, especially for systems with highly non-linear 

Type I isotherms6,16. 

Figure 10 again compares the model to experiment for H2O vapor on zeolite 5A using the 

fitted kn = 0.00098 s-1 and for values of the dispersion coefficient that were 1, 7, 30 and 50 times 

larger than that predicted from the Wakao and Funazkri correlation (Eq. 10a). Both the gas-phase 

concentration profile histories at numerous locations in the bed and the corresponding slopes of 

them are displayed, along with the experimental gas-phase concentration breakthrough curves 

within and just outside the bed. There are a number of characteristic features in this set of graphs 
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that revealed the issues associated with the use of the 1-D axial dispersed plug flow model with 

this adsorbate/adsorbent system. First, note that the results in Figure 10a correspond to those 

used to obtain the kn. As such, the shapes of the experimental gas-phase concentration profiles in 

the bed matched quite well with those predicted from the model. Also, note that the model 

clearly predicted CPB, as observed by the maximum in the slopes gradually approaching a 

constant value, except just at the end of the bed where the onset of concentration front 

sharpening was predicted by the model. This phenomenon was revealed by the maximum in the 

slope increasing slightly beyond that clearly associated with CPB. However, in this case the 

concentration front sharpening was not enough to distort the internal gas-phase concentration 

profiles predicted from the model, thereby resulting in a reasonable value for kn when the model 

was fitted to the experimental centerline gas-phase concentration profile at the 97.5% location. 

Despite these insignificant effects on the gas-phase concentration profile histories and also on the 

temperature profile histories (Figure 7), the results in Figure 10a began to expose the fact that the 

1-D axial dispersed plug flow model might predict erroneous results for some systems. The 

results in Figures 10b, 10c and 10d were even more revealing. 
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Figure 10. H2O vapor on zeolite 5A: Predictions from the model (lines) shown in 

Figure 9 of the gas-phase concentration breakthrough curves at 0, 4, 8, 12, …, 92, 
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Increasing DL. Run ID = W-F 0.35 void DL at 1X, Model Name = PDE, Solver = FC

Input Values: Ads Initial Temp = 23.35[degC]; Ads Inlet Temp = 22.35[degC]; Ads Initial Conc = 0.001[mol/m^3]; Ads Initial Load = 1[mol/m^3]; Free Flow Area = 17.814[cm^2]; Canister CS Area = 2.45[cm^2]; Can
Inner Perimeter = 14.96[cm]; Can Outer Perimeter = 15.96[cm]; Bed Length = 0.254[m]; Void Fraction = 0.35; Wall Void Fraction = 1; Can Cond = 16.8[W/(m*K)]; Can Q Capac = 475[J/(kg*K)]; Can Density =
7833[kg/m^3]; Ambient Temp = 22.406[degC]; Can-Amb H = 1.685[W/(m^2*K)]; Part Density = 1180[kg/m^3]; Mass Trans Coeff = 0.00083[1/s]; Sorb Q Cond = 0.12[W/(m*K)]; Sorb Q Capac = 1046.7[J/(kg*K)];
Heat of Ads = -65.1[kJ/mol]; Half-Cycle Length[s] = 36000; Time Step[s] = 30; Node Sep Max = 0.001[m]; Node Sep Init = 0.0001[m]; Ads Concentrat = 0.32765[mol/m^3]; Gas Q Cap = 1.048[kJ/(kg*K)]; Axial Cond
= 0.66965[W/(m*K)]; Sorbate Q Cap = 1.8976[kJ/(kg*K)]; Sorb-Gas H = 144.3335[W/(m^2*K)]; Gas-Can H = 19.9474[W/(m^2*K)]; Ads Axial Disp = 0.0022485[m^2/s]; Ads Total Press = 108.045[kPa]; Ads Gas
Dens = 1.2286[kg/m^3]; Ads Superfic Vel = 0.26824[m/s]; Equiv Pellet Dia = 2.32[mm]; Area to Vol ratio = 186.7816[1/m]; Toth a0 = 1.106e-08[mol/kg/kPa]; Toth b0 = 4.714e-10[1/kPa]; Toth E = 9955[K]; Toth to =
0.3548; Toth c = -51.14[K];
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Increasing DL. Run ID = W-F 0.35 void DL at 7X, Model Name = PDE, Solver = FC

Input Values: Ads Initial Temp = 23.35[degC]; Ads Inlet Temp = 22.35[degC]; Ads Initial Conc = 0.001[mol/m^3]; Ads Initial Load = 1[mol/m^3]; Free Flow Area = 17.814[cm^2]; Canister CS Area = 2.45[cm^2]; Can
Inner Perimeter = 14.96[cm]; Can Outer Perimeter = 15.96[cm]; Bed Length = 0.254[m]; Void Fraction = 0.35; Wall Void Fraction = 1; Can Cond = 16.8[W/(m*K)]; Can Q Capac = 475[J/(kg*K)]; Can Density =
7833[kg/m^3]; Ambient Temp = 22.406[degC]; Can-Amb H = 1.685[W/(m^2*K)]; Part Density = 1180[kg/m^3]; Mass Trans Coeff = 0.00083[1/s]; Sorb Q Cond = 0.12[W/(m*K)]; Sorb Q Capac = 1046.7[J/(kg*K)];
Heat of Ads = -65.1[kJ/mol]; Half-Cycle Length[s] = 36000; Time Step[s] = 30; Node Sep Max = 0.001[m]; Node Sep Init = 0.0001[m]; Ads Concentrat = 0.32765[mol/m^3]; Gas Q Cap = 1.048[kJ/(kg*K)]; Axial Cond
= 0.66965[W/(m*K)]; Sorbate Q Cap = 1.8976[kJ/(kg*K)]; Sorb-Gas H = 144.3335[W/(m^2*K)]; Gas-Can H = 19.9474[W/(m^2*K)]; Ads Axial Disp = 0.015739[m^2/s]; Ads Total Press = 108.045[kPa]; Ads Gas Dens
= 1.2286[kg/m^3]; Ads Superfic Vel = 0.26824[m/s]; Equiv Pellet Dia = 2.32[mm]; Area to Vol ratio = 186.7816[1/m]; Toth a0 = 1.106e-08[mol/kg/kPa]; Toth b0 = 4.714e-10[1/kPa]; Toth E = 9955[K]; Toth to =
0.3548; Toth c = -51.14[K];
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Increasing DL. Run ID = W-F 0.35 void DL at 30X, Model Name = PDE, Solver = FC

Input Values: Ads Initial Temp = 23.35[degC]; Ads Inlet Temp = 22.35[degC]; Ads Initial Conc = 0.001[mol/m^3]; Ads Initial Load = 1[mol/m^3]; Free Flow Area = 17.814[cm^2]; Canister CS Area = 2.45[cm^2]; Can
Inner Perimeter = 14.96[cm]; Can Outer Perimeter = 15.96[cm]; Bed Length = 0.254[m]; Void Fraction = 0.35; Wall Void Fraction = 1; Can Cond = 16.8[W/(m*K)]; Can Q Capac = 475[J/(kg*K)]; Can Density =
7833[kg/m^3]; Ambient Temp = 22.406[degC]; Can-Amb H = 1.685[W/(m^2*K)]; Part Density = 1180[kg/m^3]; Mass Trans Coeff = 0.00083[1/s]; Sorb Q Cond = 0.12[W/(m*K)]; Sorb Q Capac = 1046.7[J/(kg*K)];
Heat of Ads = -65.1[kJ/mol]; Half-Cycle Length[s] = 36000; Time Step[s] = 30; Node Sep Max = 0.001[m]; Node Sep Init = 0.0001[m]; Ads Concentrat = 0.32765[mol/m^3]; Gas Q Cap = 1.048[kJ/(kg*K)]; Axial Cond
= 0.66965[W/(m*K)]; Sorbate Q Cap = 1.8976[kJ/(kg*K)]; Sorb-Gas H = 144.3335[W/(m^2*K)]; Gas-Can H = 19.9474[W/(m^2*K)]; Ads Axial Disp = 0.067454[m^2/s]; Ads Total Press = 108.045[kPa]; Ads Gas Dens
= 1.2286[kg/m^3]; Ads Superfic Vel = 0.26824[m/s]; Equiv Pellet Dia = 2.32[mm]; Area to Vol ratio = 186.7816[1/m]; Toth a0 = 1.106e-08[mol/kg/kPa]; Toth b0 = 4.714e-10[1/kPa]; Toth E = 9955[K]; Toth to =
0.3548; Toth c = -51.14[K];
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Increasing DL. Run ID = W-F 0.35 void DL at 50X, Model Name = PDE, Solver = FC

Input Values: Ads Initial Temp = 23.35[degC]; Ads Inlet Temp = 22.35[degC]; Ads Initial Conc = 0.001[mol/m^3]; Ads Initial Load = 1[mol/m^3]; Free Flow Area = 17.814[cm^2]; Canister CS Area = 2.45[cm^2]; Can
Inner Perimeter = 14.96[cm]; Can Outer Perimeter = 15.96[cm]; Bed Length = 0.254[m]; Void Fraction = 0.35; Wall Void Fraction = 1; Can Cond = 16.8[W/(m*K)]; Can Q Capac = 475[J/(kg*K)]; Can Density =
7833[kg/m^3]; Ambient Temp = 22.406[degC]; Can-Amb H = 1.685[W/(m^2*K)]; Part Density = 1180[kg/m^3]; Mass Trans Coeff = 0.00083[1/s]; Sorb Q Cond = 0.12[W/(m*K)]; Sorb Q Capac = 1046.7[J/(kg*K)];
Heat of Ads = -65.1[kJ/mol]; Half-Cycle Length[s] = 36000; Time Step[s] = 30; Node Sep Max = 0.001[m]; Node Sep Init = 0.0001[m]; Ads Concentrat = 0.32765[mol/m^3]; Gas Q Cap = 1.048[kJ/(kg*K)]; Axial Cond
= 0.66965[W/(m*K)]; Sorbate Q Cap = 1.8976[kJ/(kg*K)]; Sorb-Gas H = 144.3335[W/(m^2*K)]; Gas-Can H = 19.9474[W/(m^2*K)]; Ads Axial Disp = 0.11242[m^2/s]; Ads Total Press = 108.045[kPa]; Ads Gas Dens =
1.2286[kg/m^3]; Ads Superfic Vel = 0.26824[m/s]; Equiv Pellet Dia = 2.32[mm]; Area to Vol ratio = 186.7816[1/m]; Toth a0 = 1.106e-08[mol/kg/kPa]; Toth b0 = 4.714e-10[1/kPa]; Toth E = 9955[K]; Toth to = 0.3548;
Toth c = -51.14[K];

(a) 

(b) 

(c) 

(d) 



36 

 

96 and 100% locations in the bed (left panels). The 2.5% (circles), 50% (squares) 

and 97.5% location (diamonds) experimental centerline gas-phase concentration 

breakthrough curves are also shown for comparison in the left panels. The 

corresponding derivatives (or slopes) of the gas-phase concentration breakthrough 

curves in the bed are shown in the right panels. (a) DL = Wakao-Funazkri 

correlation, and (b) DL = 7, (c) 30 and (d) 50 times greater than Wakao and 

Funazkri correlation. 

Figures 10b, 10c and 10d show increasingly worse distortions of the gas-phase 

concentration profile histories and corresponding slopes predicted from the model near the exit 

of the bed when using values of DL = 7, 30 and 50 times that predicted by the Wakao and 

Funazkri correlation. It was interesting that when the value of DL was just 7 times greater (Figure 

10b), the shapes of the internal gas-phase concentration profiles predicted from the model agreed 

quite well with the experimental concentration profile obtained just outside the bed. The fact that 

a value 7 times greater was required by CO2 to fit the experimental breakthrough curve outside 

the bed (Figure 8) was not a coincidence and further substantiated that the same non-plug flow 

dispersive mechanism prevailed for both the CO2 and H2O vapor systems, independent of the 

adsorbate. The reason the model required a value ~ 50 times greater to fit the H2O vapor 

experimental breakthrough curve outside the bed (Figure 9) was due to extensive concentration 

front sharpening occurring for the H2O vapor system, as shown especially in Figures 10c and 

10d. To overcome it and make the concentration front more dispersed, an artificially large value 

of the dispersion coefficient was required. 

The results in Figure 10 further show that at such large values of DL the concentration 

front sharpening actually propagated all the way to the entrance of the bed, as observed in Figure 
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10d. In this case, not only was CPB clearly not preserved anywhere in the bed, but also, and 

more importantly, the predicted breakthrough curves outside the bed no longer provided any 

useful fundamental information. Evidence for this supposition was provided by the experimental 

non-plug flow dispersive behavior of the bed being predicted very well by a value of DL that was 

only 7 times greater, not 50 times greater, than that from the Wakao and Funazkri correlation.  

The problem with the correctly derived Danckwerts boundary condition at the exit of the 

bed for the Fickian axial diffusion model (Eq. 3) stems from its inability to correctly describe the 

dispersive or non-convective aspect of the flux, even under a plug flow regime, as was just 

observed. The resulting mathematically derived zero slope, as required by the satisfaction of the 

continuity of both concentration and flux in the Fickian diffusion model, is not preserved 

experimentally when breakthrough takes place at the boundary because of the complicated 

dispersive dynamics. However, forcing the slope of the concentration front to be zero at the exit 

of the bed for a system with a steep Type I isotherm, like the H2O vapor-zeolite 5A system, has 

such a large influence on the mass balance that it causes unusually large changes in the gas-phase 

concentration near the exit of bed. This results in concentration front sharpening and loss of CPB 

near the exit of bed that may propagate throughout the entire bed, as clearly revealed in the 

modeling results in Figure 10 for this system. If an adsorbate/adsorbent system was accurately 

described by such a model, then this phenomenon would be observed experimentally. The 

problem lies not within the model and its physics, but with trying to build a fixed bed adsorption 

experiment that only exhibits dispersion based purely on molecular Fickian diffusion.  

5. CONCLUSIONS 

This work with CO2 and H2O vapor on zeolite 5A revealed that special caution must be 

taken when using typical experimental breakthrough curves measured just outside the bed to 

extract mass transfer and dispersion information from a fixed-bed adsorber based on the widely 
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utilized 1-D axial dispersion plug flow model; otherwise, the resulting information may be 

erroneous. An experimental breakthrough curve measured just outside the bed, as commonly 

practiced, should, in principle, provide fundamental adsorbate/adsorbent mass transfer 

information when such a model is fitted to the data. This is because the dispersion coefficient 

predicted from known correlations does not have a significant impact on the model results.  

However, this work showed that to use these correlations the design of the fixed-bed 

adsorber must satisfy the plug-flow condition. This work also showed that the only way to verify 

when the plug flow condition was satisfied was to compare experimental breakthrough curves 

obtained outside the bed with those obtained inside the bed along its axial center. From this 

comparison it was determined that even a well-accepted bed diameter to pellet ratio of about 20 

was not large enough to ensure plug-flow conditions prevailed in the bed. The experimental 

outside of bed and inside of bed centerline breakthrough curve results consistently revealed that 

the bed was experiencing considerable near-wall channeling, i.e., mechanical dispersion 

phenomena. 

Because of the presence of mechanical dispersion, the 1-D axial dispersed plug flow 

model could not simultaneously predict the experimental concentration profile histories obtained 

just outside the bed and the experimental centerline temperature profile histories measured inside 

the bed for either adsorbate/adsorbent system. It was deduced that the temperature profile 

histories reflected the adsorbate/adsorbent mass transfer process involved, while the outside of 

bed concentration profile histories reflected a mixing process akin to a non-plug flow pattern 

existing in the bed that was independent of the adsorbate, i.e., near-wall channeling. It was 

nevertheless shown that the sought after fundamental mass transfer information could still be 

obtained, in this case an LDF kn for each adsorbent/adsorbate system, when experimental 
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centerline gas-phase concentration and temperature profile histories were measured somewhere 

in the bed. It is therefore strongly recommended that this be the preferred method for obtaining 

experimental mass transfer information from a 1-D axial dispersed plug flow model. 

Moreover, despite the alluded to limitations of the 1-D axial dispersed plug flow model, 

an effort was put forth to extract a dispersion coefficient from the model using the experimental 

outside the bed breakthrough curves that inherently included the non-plug flow dispersion taking 

place. In this case, the kn values obtained by fitting the experimental inside the bed breakthrough 

curves were used. The resulting DL values for CO2 and H2O vapor were both 7 times greater than 

the largest value predicted from five established DL correlations. This analysis confirmed the 

unique nature of the non-plug flow mechanical dispersion phenomena taking place in the bed, 

and it correctly showed that such phenomena should be independent of the adsorbate. However, 

while obtaining DL significant differences were observed between the CO2 and H2O vapor 

systems. Extracting DL from the experimental data for CO2 was straightforward, but not for H2O 

vapor. 

The process of extracting DL from the experimental data for H2O vapor revealed the 

mathematical inability of the 1-D axial dispersed plug flow model to obtain such information at 

the exit of the bed. Depending on the value of DL, significant concentration front sharpening 

occurred for this system. This concentration front sharpening is an unusual but real phenomenon 

that is scarcely known and a consequence of the limited ability of the 1-D axial dispersed plug 

flow model and its Danckwerts boundary condition to represent non-diffusive dispersive 

mechanisms for very rectangular Type I isotherms, such as H2O vapor in zeolite 5A. To obtain a 

DL value for H2O vapor that was consistent with that obtained for CO2, the predicted inside the 

bed centerline breakthrough curves, necessarily chosen from a location unaffected by any 
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concentration front sharpening, were matched to the experiential outside the bed breakthrough 

curve. Otherwise, the DL value obtained for H2O vapor when using the experimental outside the 

bed breakthrough curves was 50 times greater, as opposed to 7 times greater, due to 

compensating for the significant concentration front sharpening that the model predicted for this 

system.    

Overall, this work clearly showed that it was possible to extract accurate mass transfer 

and dispersion information from experimental breakthrough curves using a 1-D axial dispersed 

plug flow model when they were measured both inside and outside the bed. To ensure the 

extracted information was accurate, the inside the bed breakthrough curves and their derivatives 

from the model were plotted to confirm whether or not the adsorbate/adsorbent system was 

exhibiting CPB or any concentration front sharpening near the bed exit. Even when 

concentration front sharpening was occurring, like with the H2O vapor-zeolite 5A system, it was 

still possible to use the experimental inside and outside the bed breakthrough curves to extract 

fundamental mass transfer and dispersion information from the 1-D axial dispersed plug flow 

model based on the systematic methodology developed in this work. 
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Nomenclature 

a saturation capacity in Toth equation, mol kg-1 kPa-1 

a0 Toth equation parameter, mol kg-1 kPa-1 

af superficial free flow area, m2 

as pellet external surface area per unit volume, m-1 

aw column cross-sectional area, m2 
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b equilibrium constant in Toth equation, kPa-1 

b0 Toth equation parameter, kPa-1 

c concentration, mol m-3: also parameter in Toth equation, K 

co inlet concentration, mol m-3 

cpg gas heat capacity, J kg-1 K-1 

cps sorbent heat capacity, J kg-1 K-1 

cpw column wall heat capacity, J kg-1 K-1 

hs sorbent to gas heat transfer coefficient, W m-2 K-1 

D fluid-phase diffusion coefficient, m2 s-1 

DL axial dispersion coefficient, m2 s-1 

E Toth equation parameter, K-1 

hi column wall to gas heat transfer coefficient, W m-2 K-1 

ho column wall to ambient heat transfer coefficient, W m-2 K-1 

hs Sorbent to gas heat transfer coefficient, W m-2 K-1 

ke quiescent bed gas conductivity, W m-1 K-1 

keff effective axial thermal conductivity, W m-1 K-1 

kf gas conduction, W m-1 K-1 

kn LDF mass transfer coefficient, s-1 

ks sorbent conduction, W m-1 K-1 

kw column wall conduction, W m-1 K-1 

L bed height, m 

LDF linear driving force 

n sorbent loading, mol kg-1 

p partial pressure in Toth equation, kPa 

Pe particle Peclet number 

Pi column inner perimeter, m2 

Po column outer perimeter, m2 
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 average adsorbed concentration, mol m-3 

 equilibrium adsorption concentration, mol m-3 

Rp pellet radius, m 

t time, seconds; also heterogeneity parameter in Toth equation 

t0 Toth equation parameter 

Tf fluid (gas) temperature, K 

Ts adsorbent temperature, K 

Tw column wall temperature, K 

T0 inlet temperature, K 

x axial coordinate, m 

 isosteric heat of adsorption, kJ mol-1 

ε void fraction 

 gas viscosity, micro-poise 

υi interstitial velocity, m s-1 

ρf gas density, kg m-3 

ρs sorbent density, kg m-3 

ρw column wall density, kg m-3 

  

q

q*

λ

µ
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